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Abstract: The deactivation pattern of a “model” Ni/MgO catalyst in the pre-reforming of  
n-hexane with steam (T, 450 °C; P, 5–15 bar) is reviewed. The influence of the steam-to-carbon 
ratio (S/C, 1.5–3.5) on the rate of catalyst fouling by coking is ascertained. Catalyst fouling 
leads to an exponential decay in activity, denoting 1st-order dependence of the coking 
process on active sites availability. Hydrogen hinders the coking process, though slight 
activity decay is due to sintering of the active Ni phase. Deactivation by thiophene causes a 
sharp, almost linear, drop to nearly zero activity within only 6 h; this deactivation is likely 
due to dissociative adsorption of thiophene with subsequent strong, irreversible chemical 
adsorption of S-atoms on active Ni sites, i.e., irreversible poisoning. Modeling of activity 
decay curves (α, at/a0) by proper kinetic equations allows assessing the effects of 
temperature, pressure, S/C, H2 and thiophene feed on the deactivation pattern of the model 
Ni/MgO catalyst by coking, sintering, and poisoning phenomena. 
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1. Introduction 

There is a strong commitment worldwide to enhance the practical and economical feasibility of the 
steam reforming (SR) technology through efficiency improvement and feedstock versatility, which could 
result in significant improvements in fuel processing economy [1–7]. In this context, pre-reforming 
constitutes an established technology with economic and operational benefits on the overall syngas 
production, representing an important tool, especially for the revamping of older SR plants [2–4,8–10]. A 
pre-reforming unit consists in a tubular adiabatic reformer, allowing whatever hydrocarbon feed (NG, 
LPG, VN) be converted to CH4 and COx at low temperature, typically in the 450–550 °C range, with 
many practical advantages consisting of [2–4]:  

i. an increased production capacity with smaller reformer furnaces;  
ii. a higher feedstock flexibility;  

iii. enhanced SR tube and catalyst lifetime;  
iv. design of innovative process configuration for low energy consumption and investment costs.  

Furthermore, the pre-reforming unit drastically limits the risk of carbon formation inside tubular 
reformers, ensuring a total conversion of higher hydrocarbons, and allowing, then, SR operations at lower 
steam-to-carbon (S/C) ratio, with a higher preheat temperature and heat flux and capacity [9–11]. 
Moreover, the pre-reforming catalyst ensures the total elimination of S-containing impurities, 
contributing to enhance SR catalysts’ lifetime [2–5,8,11–14]. 

Considering the importance for the improvement of syngas producing plants, little previous 
literature deals with the basic aspects of the steam reforming of higher hydrocarbons reaction under 
low temperature and high pressure conditions [12,14–17]. In fact, only after the pioneering work of 
Rostrup-Nielsen on the steam reforming of C1-C7 alkanes on magnesia-supported metal catalysts, 
which led to the development of the SPARG process [2,10,14], has light been shed on the reaction 
mechanism and kinetics, leading to further improvements in catalysts’ performance [11,14,16,17]. 

Although noble-metal-based systems feature a high reactivity in the reforming of superior 
hydrocarbons to methane and carbon oxides, typical formulations of pre-reforming catalysts include 
nickel as the active phase [6–8,16,17]. Due to different operating conditions, pre-reforming catalysts 
are generally richer in Ni loading (50–70 wt%), with the addition of rare earth elements (e.g., La, Sm, 
Ce, Y, Zr, etc.) as promoters, and are characterized by larger total (SA) and metal surface area (MSA) 
than SR counterparts [6,16]. Loading of the active phase and type of promoters, however, depend upon 
process characteristics and targets [6,16]. 

Generally, coking processes on Ni-based catalysts in steam reforming and methanation reactions 
proceed through common carbon intermediates leading to the formation of several types of deposits 
depending on operating conditions [2,8,12–15,18–24]. Moreover, effects of metal sintering on the active 
surface area of typical pre-reforming catalysts have been assessed [25]. Catalyst poisoning is generally 
caused by strong chemisorption of sulfur impurities present in the feed stream as inorganic and/or 
organic sulfides in most naturally occurring feedstock; sulfur poisoning depends on many variables 
including the kind of sulfur compound, nature of the catalyst and operating conditions [7,26,27]. 

In earlier papers, we documented that Ni/MgO catalysts obtained by an original non-aqueous 
preparation route exhibit a remarkable performance in both “steam” and “dry” reforming of  
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methane [28–30]. Hindering the formation of the NiMgOx solid solution, indeed, such a preparation 
procedure allows tuning both physico-chemical and catalytic properties through a proper selection of 
Ni loading, calcination and reduction treatments [28,29,31]. 

This review provides an overview of reaction and deactivation networks occurring early (i.e., during 
the first 17 h) on a “model” Ni/MgO catalyst in the steam reforming of n-hexane under  
pre-reforming conditions (T, 450 °C; P, 5–15 atm). Rates, selectivities, rate constants, and equilibrium 
constants of important reaction paths as a function of time and rate constants for deactivation by 
sintering, coking, and poisoning from the previous literature (with an emphasis on the authors' 
previous works) are presented, and the effects of catalyst deactivation on activity, selectivity, and 
stability are analyzed and discussed.  

2. Results and Discussion 

2.1. Effects of the Experimental Conditions on the Activity-Selectivity-Stability Pattern 

Activity data of the “model” Ni/MgO catalyst in the pre-reforming of n-hexane at standard reaction 
conditions (T, 450 °C; P, 10 bar; PC6H14, 0.18 bar; PH2O, 3.0 bar; S/C, 2.8) are shown in Figure 1 in 
terms of n-hexane conversion (χ) and product selectivity vs. reaction time (t.o.s.). The only detected 
products are CH4, CO2, and CO [11–17] with a relative distribution which depends on the conversion 
level. After 30 min, taken as the initial reaction time (t0, a0), the hexane conversion is ≈70% with CH4, 
CO2 and CO selectivities of ca. 55, 43 and 2%, respectively. A drop in conversion of about 50% over a 
period of only 17 h involves a SCH4 decrease from 55 to 30%, counterbalanced by a rise in SCO2 from 
45 to 70%, although no significant changes in SCO (2–3%) are observed. 

Figure 1. n-hexane conversion (χ) and product selectivity (Sχ) vs. t.o.s. at standard reaction 
conditions (adapted from ref. [11] with the kind permission of Elsevier, copyright 2004). 

 

Activity data at 450 °C with varying space velocity (GHSV), feed stream composition (PH2O and 
PH2) and pressure are summarized in Table 1 in terms of initial and final hexane conversion (χ, %), 
reactor output (molC6H14∙h−1∙gcat

−1), product selectivity (Sχ, %) and weight gain of the “used” catalyst 
samples (WC, g∙g cat

−1) due to carbon deposition and/or coke formation, determined by TGA-DSC 
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measurements. In addition, the influence of experimental conditions on the “relative activity” (α = χ/χ0, 
the ratio between conversion at the time “t” and “t0” respectively) is shown in Figure 2.  

Table 1. Initial and final (17 h) activity data and amount of carbon on the “used” catalyst 
samples under different reaction conditions (T, 450 °C; pC6H14/p0, 0.018). 

Run 
P 

(atm) 
S/C 

GHSV a  
(h−1) 

χC6H14  
(%) 

Reactor output  

(molC6H14 h−1 gcat
−1) 

SCH4  
(%) 

SCO2  
(%) 

SCO  
(%) 

SC2–C5  
(%) 

WC 
b  

(g gcat
−1) 

a 10 1.5 12,000 53–08 0.26 – 0.04 55–9 43–88 2–3 - 1.32 
b 10 2.8 12,000 71–25 0.35–0.12 56–28 42–69 2–3 - 0.96 
c  10 3.5 12,000 76–34 0.38–0.17 56–42 43–57 1–1 - 0.89 
d  10 2.8 24,000 38–11 0.38–0.11 39–5 59–93 2–2 - 1.23 
e c 10 2.8 24,000 77–73 0.77–0.73 98–97 1–2 0–0 1–1 0.03 
f 15 2.8 12,000 69–37 0.51–0.27  60–50 39–49 1–1 - 0.75 
g  5 2.8 12,000 67–21 0.17–0.05 49–25 49–73 1–2 - 1.02 

h d 10 2.8 24,000 65–00 0.65–0.00 97–97 2–2 1–1 - 0.21 
a FC6H14/Vcat; b weight gain due to carbon deposition and/or coke formation; c hydrogen (H2/C, 1) in the feed;  
d hydrogen (H2/C, 1) and thiophene (50 ppm on C6H14) in the feed. 

Data in Table 1 indicate that feed composition and operating conditions affect both hexane 
conversion and CH4, CO2 and CO selectivities, while trace amounts of C2-C5 hydrocarbons (SC2-C5 ≈ 
1%) are detected only in presence of hydrogen (run e).  

Figure 2. Relative activity vs. t.o.s. at different experimental conditions (see Table 1). 

 

At a constant pressure of 10 atm, the most obvious effects of the S/C ratio increase from 1.5 to 3.5 
(runs a–c) consist in a progressive increase of hexane conversion (from 53 to 76%), indicating a 
positive effect of water pressure on the reactor output, and a better catalyst stability (Figure 2) coupled 
to a relative influence on product selectivity during reaction time (Table 1). The pressure increase from 
5 to 15 atm (S/C, 2.8) has no significant effect on the conversion level (runs b, f, g), as an increase 
from 0.17 to 0.51 mmolC6H14·h−1·gcat

−1 (Table 1) mirrors a fairly constant pressure-normalized reactor 
output (0.035 molC6H14·h−1·gcat

−1/atm).  
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Figure 3. Overall conversion-selectivity (Sχ) data and H/Oout ratio at different conditions 
(see Table 1) and reaction times (adapted from ref. [15] with the kind permission of Wiley, 
copyright 2006). 

 

In addition, an enhancement of SCH4 (49–60%) and, even more so, of catalyst stability are evident, 
especially at 15 atm (run f).  

Furthermore, a twofold increase of GHSV from 12,000 to 24,000 h−1 (runs b, d) causes an  
almost proportional decrease of the initial conversion (38%) according to an unchanging reactor output 
(0.35–0.38 molC6H14·h−1·gcat

−1), a drop in SCH4 from 55 to 39% with a corresponding growth of SCO2 
(Table 1), and a considerably stronger activity decay (Figure 2).  

In all the cases, a decreasing trend of the relative activity curves denotes noticeable deactivation 
phenomena, the extents of which depend on S/C ratio, P, and GHSV (Figure 2). The observed loss of 
activity can be largely accounted for by the weight loss recorded by TGA-DSC analysis of “used” 
catalyst samples (Table 1) during combustion of the carbonaceous deposits. This points to carbon 
formation and coking as the main causes of catalyst deactivation [11,15]. However, such experiments 
did not allow to differentiate between carbon and coke nor quantitatively measure CO2 and H2O. 

Under simulated pre-reforming conditions (run e) with H2 in the feed [3–6,16–18], a markedly 
higher initial conversion (77%) and a two-fold higher reactor output are observed relative to the 
standard tests (runs b, d). Moreover, the addition of hydrogen (H2/C = 1) to the feed increases SCH4 to 
97–98% and greatly improves catalyst stability, with only a minor (ca. 5%) activity loss during 17 h of 
t.o.s. (Figure 2, run e).  

All the conversion-selectivity data at different conditions (see Table 1) and reaction times provide 
some general relationships showing that the selectivity pattern depends only on the activity level 
(Figure 3). Thus, SCH4 increases steadily with increasing conversion, reaching an asymptotic value of 
55% in the conversion range of 60–80%, while SCO2 decreases from 90 to 45% and SCO from 2 to 0.5% 
over the full range of measured conversion (8–75%). Changes in CO/CO2 are consistent with the 
equilibrium composition predicted from the WGS reaction [11,15,16,18,19,32–37]. The overall result 
of these changes in product selectivities is a trend of increasing output hydrogen/oxygen atomic ratio 
(H/Oout) from zero at 8% conversion to a maximum value of 2.4 at 67% conversion (Figure 3), which 
is essentially the same as the H/C ratio of the hexane molecule of 2.33. The apparent increase in the 
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“hydrogenation” functionality with increasing conversion level is consistent with a reaction network 
involving (1) cracking of hexane; (2) water dissociation; (3) primary formation of CO, which is further 
transformed to CO2 via the water-gas-shift (WGS); and (4) CH4 via methanation (MET) paths 
respectively [11,15], according to the following surface reaction network, which includes two 
irreversible (1 and 8) and six reversible (2–7) steps [11,13–16,19,21,33,35].  

CRK C6H14 + n * → (6 − m) Cα(s) + m CHx(s) + [(14 − x)/2] H2(g) (1) 

WS H2O + p *   H2(g) + O(s) (2) 

HC H2 + 2 *  2 H(s) (3) 

GAS Cα(s) + O(s)  CO(s) + (n/6 + m - q) * (4) 

MET Cα(s) + 4 H(s)  CH4(g) + (n/6 + 4 − t) * (5) 

WGS CO(s) + O(s)  CO2(s) + (m + q − s) * (6) 

DES CO2(s)   CO2(g) + s * (7) 

COK z Cα  Cβ (“encapsulating” + “wiskers”) – w * (8) 

The above reaction scheme explains the inhibition of the methanation path (5) at low PCO and PH2, 
that is the case at low conversion, while the excess of steam favors the formation of CO2 via the WGS 
path (6). Thus, hydrogen “availability”, determined by the extent of hexane conversion, is the key-
parameter controlling the CH4/CO2 distribution [38]. Therefore, enabling the gasification of coke-precursor 
species [11,15–17,21,22,35,36], the methanation step is the “competitor” process of coking, explaining the 
high catalyst stability and the negligible weight gain of the used catalysts under H2 co-feeding (Table 1). In 
fact, the same carbon-intermediate (Cα) can undergo methanation at high H2 concentrations or, at  
low H2 concentrations, generate the following less reactive carbon species, precursors of C-deposit buildup 
[19–22,35,36], by ageing 

• amorphous carbon (Cβ),  
• vermicular carbon (CV),  
• bulk Ni carbide (Cγ), and 
• crystalline, graphitic carbon (CC). 

2.2. Modeling of Deactivation Phenomena 

From a mechanistic point of view, the coking process can be viewed as a consequence of the 
surface accumulation of carbon moieties due to a lower gasification rate relative to the accumulation 
rates of Calpha, polymeric carbon and coke, by the CO decomposition (scheme 1a) or hexane cracking 
(scheme 1b). 
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Scheme 1. Carbon formation by CO decomposition (a) or hexane cracking (b).  

  
a b 

TEM pictures of the used catalyst samples in Figure 4 confirm that catalyst deactivation, feeding or 
not hydrogen, proceeds by different paths to form different inactive carbon or coke species. According 
to previous TGA results, under standard reaction conditions (run b) the catalyst grains (Figure 4B) 
appear embedded into an array of large carbon fibers (dfiber = 20–50 nm), while no carbon deposits are 
apparent on the used catalyst in presence of H2 (Figure 4C) [11,15,17,35], although halos surrounding 
several crystallites may be due to films of coke precursors.  

Figure 4. TEM views (A–C) and PSD (D) of the “fresh” and “used” catalyst samples:  
(A) “fresh”; (B) “used” (run b); (C) “used” (run e); (D) CSD’s of samples reproduced in 
panels A–C. 
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It should be emphasized that the principal cause of deactivation in prereforming or reforming of C2+ 
hydrocarbons at relatively low reaction temperatures is the formation of a hydrocarbonaceous film on 
the nickel surface [19] which poisons nickel sites. This work establishes that deactivation is minimized 
at high H2 concentrations.  

In both Runs b and e, an observed “smoothing” of the cubic habit of the magnesia carrier  
(Figure 4B,C) is consistent with moderate restructuring of the support, probably due to reaction with 
steam [15,16]; this is likely the origin of very modest metal sintering, apparent from minor changes in 
Ni crystallite size distributions (Figure 4D), accounting for ca. a 10% decrease in metal dispersion in 
agreement with H2 uptake data [11]. 

As might be expected, thiophene co-feeding causes the most rapid decrease in reaction rate with a 
linear drop during the first 6 h, (Figure 2, run h) [7]. The amount of C5H5S fed during this time  
(0.05 g/kg hexane) corresponds to ca. 3 μmol (0.51 μmol/h), while the H2 uptake of the fresh catalyst 
(120 µmol/gcat) corresponds to a surface Ni atom concentration for a 0.025 g sample of 6.0 µmol (i.e., 
240 µmol/gcat of surface Ni sites assuming a H/Ni adsorption stoichiometry of 1 [7,15]). Thus, during 
pre-reforming with the above specified feed of thiophene (run h), the maximum S/Ni surface atomic 
ratio (i.e., average chemisorption stoichiometry) would be 0.5, assuming complete and irreversible 
adsorption of sulfur atoms, which is likely under these conditions; in other words, each thiophene 
molecule deactivates two Ni atoms. However, due to the rapid and irreversible adsorption of S atoms 
on surface Ni atoms, the rate of poisoning could be influenced by pore diffusional resistances; thus the 
amount of adsorbed S in the catalyst sample would drop off sharply at the front of the bed and the 
sharp interface of sulfur saturated nickel would travel slowly, similar to a chromatographic wave, 
through the catalyst bed. Hence, the equations modeling thiophene adsorption are very complex and by 
necessity would include expressions for diffusion into the pores, adsorption, dissociation, and the slowly 
moving axial concentration gradient through the bed, as illustrated by the sophisticated two-dimensional 
model of H2S adsorption on a Ni steam reforming catalyst described by Rostrup-Nielsen [39].  

From the previous discussion, the deactivation pattern of the Ni/MgO catalyst can be assessed 
taking into account the overall effects of coking, sintering, and poisoning. However, other than Run h, 
the behavior of deactivation versus time observed in Figures 2 and 5 is due primarily to the formation 
of carbon and coke, since negligible sulfur was present and effects of sintering were negligibly small. 
With the exception of Run h, in the presence of thiophene, deactivation was log-linear (see Figure 5), 
consistent with an exponential activity decay 

  α = exp[-kdeact·t] (9) 

Accordingly, the first order deactivation rate equation is 

 
(10) 

These can be also expressed in terms of active sites availability (Csite), assuming that activity is 
directly proportional to the concentration of surface sites [20], 
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(12) 

where Csite and C°site are the instantaneous and initial concentrations of active sites, respectively. 
Hence, the exponential decay of activity by coking is described by the equation 

 (13) 

which accounts for the general exponential-decay of catalytic activity for each of the runs in Figure 2. 
From the slopes of the linear fits of the deactivation rate data in Figure 5, the deactivation rate 
constants (kdeact) listed in Column 3 of Table 2 are obtained. It is further assumed that the rate of 
sintering (which depends mainly on temperature) is negligibly small for all runs given the very small 
change in crystallite diameter during reaction. 

Figure 5. Plot of the relative activity at different experimental conditions (see Table 1) vs. 
t.o.s.. 

 

Table 2. Deactivation kinetic constants for coking. 

Run r2 kcok 
a (h−1) 

a 1.00 1.1 × 10−1 ± 2 × 10−3  
b 1.00 5.5 × 10−2  ± 6 × 10−4  
c 0.99 7.0 × 10−2  ± 1 × 10−3  
d 0.97 7.7 × 10−2 ± 5 × 10−3  
e 0.96 - 
f 0.98 3.0 × 10−2 ± 1 × 10−3  
g 0.97 6.3 × 10−2 ± 3 × 10−3 

a kcok= kdeact. 

It is emphasized that the calculation of rate constants in Table 2 (Run h involving sulfur poisoning 
excepted) relies on the following assumptions:  

1 The rates of deactivation by coking and sintering are small relative to the rate of the main 
reaction. Hence the pseudo steady-state approximation can be made. This is a reasonable 
assumption in view of 2–3 orders of magnitude differences between reaction and coking rates 
at any condition and t.o.s. [15]; 
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2 The rate of coking is slow enough that it is not influenced by a pore diffusional resistance for 
the deactivation process;  

3 Pore diffusion resistance for the main reaction is neglected which, at high reaction rates and 
conversions, would lower the concentration of hydrocarbon coke precursors into the pores, then 
lowering coking rates along the pores; similarly concentration gradients through the bed due to 
high conversions should cause a decrease in adsorbed carbon concentration through the bed. 
This is probably a poor assumption in view of the high conversions of this study. Thus, the rate 
constants could be significantly in error due to differences in pore diffusional resistance 
between runs and represent at best rough averages across pellets and bed.  

Figure 6. Log-plot of the kinetic constant of coking vs. water partial pressure (A); and 
Relationship between the weight gain of the used samples (Table 1) and the kinetic 
constant of coking (Table 2) at different reaction conditions (B). 

  
(A) (B) 

Values of kcok in Table 2 are not constant as predicted by the simple first order deactivation model; 
indeed, they vary by a factor of 20. In fact, the log-plot of kcok (Figure 6A) discloses an inverse 
dependence (−1.10 ± 0.05) on PH2O, confirming that water concentration is a key-factor in controlling 
coking rate at low H2 concentrations (typical of steady-state), a logical result given that water is also a 
gasifying agent for carbon. The straight-line relationship between kcok and weight gain in the used 
samples in Figure 6B supports a link between deactivation at low H2 concentrations to fouling by  
C-deposits for a range of typical prereforming conditions.  

2.3. Effect of Deactivation on Product Selectivity and Surface Functionalities 

Thermodynamic and kinetic evaluations of the outlet stream composition [2,9,15,21–23] shed light 
on driving force for carbon deposition and, in turn, how carbon deposits influence selectivity. In 
particular, assuming hexane cracking to be irreversible [9,15,22], a rough estimate of the outlet stream 
composition can be made from a thermodynamic analysis of gasification (GAS), water-gas-shift 
(WGS), and methanation (MET) reactions (Table 3) [9–11,15]. However, also the Boudouard reaction 
has been considered to evaluate the incidence of CO dismutation on carbon formation and coking [11]. 
Specifically, Px values obtained from conversion-selectivity data were substituted in the equilibrium 
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expressions to calculate experimental Kexp values of MET, GAS, WGS and DISP reactions as a 
function of t.o.s. [11].  

Table 3. Thermodynamic constants of the various reactions of the steam reforming 
network (adapted from ref. [11] with the kind permission of Elsevier, copyright 2004). 

Reaction Stoichiometry KP 
a 

CRK C6H14  6 C + 7 H2 - 
GAS C + H2O  CO + H2 5.09 × 10−4  
WGS CO + H2O  CO2 + H2 7.47 × 100  
MET C + 2H2  CH4 5.41 × 101  
DISP 2 CO  C + CO2 1.47 × 104  

Equilibrium pressure constant values at 450 °C with Px values in MPa. 

The ratio (β) of Kexp to the corresponding calculated value of the equilibrium constant Keq at 450 °C 
(from Table 3) provides a measure of the distance from equilibrium for each reaction, allowing a 
reliable assessment of the effects of the S/C ratio (Figure 7A–C) and H2 feeding (Figure 7D) on 
activity versus time patterns. Figure 7 shows that irrespective of t.o.s. and S/C ratio, the WGS reaction 
is always near thermodynamic equilibrium conditions, given that βWGS values vary between 0.6 and 
1.0. In contrast, gasification (βGAS ≈ 0.5) and, even more so, methanation (βMET, 0.2–0.05) reactions 
operate far from equilibrium and are thus kinetically controlled. It follows from the previous 
discussion that lower rates of GAS and MET relative to hexane cracking constitutes a major driving 
force to carbon deposits build-up [17,19,20,35]. Furthermore, the observation that βDISP is always 
larger than one implies a [PCO2/(PCO)2] ratio greater than that allowed by thermodynamics, indicating 
that under prereforming conditions on Ni/MgO, the forward reaction, which also contributes to carbon 
formation, is more kinetically favorable than the reverse gasification of carbon by CO2. However, this 
deviation could also be an artifact of the approximate reaction model. 

It is interesting that while βGAS and βMET decrease with trends similar to that of the relative activity 
(α), βDISP increases progressively with t.o.s. (almost exponentially under the conditions of Figure 7A), 
suggesting that carbon and coke reactivity decrease accordingly by ageing (i.e., by conversion of coke 
precursors to highly polymerized coke and by conversion of CαCβ, CV, Cγ, CC) [16,17,19,21,36]. In 
fact, the changes in product selectivity with the activity level (Figure 3) mirror the different influences 
of coke and carbon on different functionalities of Ni catalysts, consistent with the 14CO and 14CO2 
isotopic labeling experiments of Jackson et al. who found that Ni/Al2O3 catalyst retains high activity 
towards the scrambling of C-atoms and surface carbon gasification, despite a considerable decrease in 
the availability of metal surface area due to growth of gum-like carbonaceous deposits [35].  
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Figure 7. Pre-reforming of the n-hexane (T, 450 °C; P, 10 bar). Effect of S/C ratio and H2 
feeding on α and β values of GAS, WGS, MET and DISP reactions vs. t.o.s.: (A) S/C, 1.5; 
H2/C, 0; (B) S/C, 2.8; H2/C, 0; (C) S/C, 3.5; H2/C, 0; (D) S/C, 2.8; H2/C, 2. Legend: () α; 
() βWGS; () βDISP; () βGAS; () βMET (reproduced from ref. [11] with the kind 
permission of Elsevier, copyright 2004). 
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In the present paper, the role of the methanation reaction in modeling of prereforming has been 
emphasized. Bartholomew emphasized that methanation and steam reforming functionalities of Ni 
catalysts are closely related on the basis of the activation energy values [22]. Furthermore, Rostrup-Nielsen 
stressed that hydrogenolysis and steam reforming reactions share many surface steps, requiring also 
analogous ensembles (n, 2.5–2.7) of active sites [17]. Hence, effects of deactivation on prereforming 
catalyst functionalities can be assessed by inspecting the trends of the relative rates of MET, GAS, and 
WGS reactions (αx = α⋅Sχ), as shown in Figure 8. The semi-log plot of the relative rates of CH4 (αCH4), 
CO (αCO), and CO2 (αCO2) formation provides satisfactory linear trends (Figure 8), the slopes of which 
(kMET, kGAS, kWGS) represent the decay constants for the above functionalities, listed in Table 4. 

These figures reveal the following trends: 

1. MET rate (αCH4) decreases much more steeply than relative activity; 
2. GAS rate (αCO) decreases similar to relative activity; 
3. WGS rate (αCO2) decreases less than relative activity. 
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Figure 8. Relative rates of hexane conversion (α, ), CH4 (αCH4, ), CO2 (αCO2, ) and 
CO (αCO, ) formation vs. t.o.s. at different reaction conditions (see Table 1) (adapted 
from ref. [15] with the kind permission of Wiley, copyright 2006). 

 

Indeed, direct relationships between kMET, kGAS, and kWGS decay and that of activity loss (kdeact) 
result in straight-line correlations (Figure 9) with slopes equal to 2.7 ± 0.3, 1.1 ± 0.2 and 0.6 ± 0.1, 
respectively. From this and similar figures it can be shown that MET, GAS, and WGS functionalities 
depend on different ensembles of active sites [11,15,17,19–21,36]; thus, a slope of 1 for kGAS/kdeact 
suggests that hexane conversion involves single sites leading to CO, while MET and WGS require 
larger and smaller ensemble of active sites for methane and carbon dioxide formation, respectively. 
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Table 4. Deactivation constants of the various functionalities (T, 450 °C): hexane 
conversion (kdeact), methanation (kMET), gasification (kGAS), water-gas-shift (kWGS). 

Run kdeact 
a  

(h−1) 
kcok 

a  
(h−1) 

kMET  
(h−1) 

kGAS  
(h−1) 

kWGS  
(h−1) 

a 1.1 × 10−1  1.1 × 10−1  2.2 × 10−1 1.1 × 10−1  6.6 × 10−2  
b 5.9 × 10−2  5.6 × 10−2 9.7 × 10−2  2.7 × 10−2  3.2 × 10−2  
c 4.4 × 10−2  4.0 × 10−2 6.0 × 10−2  2.8 × 10−2  2.7 × 10−2  
d 8.1 × 10−2  7.7 × 10−2  2.2 × 10−1  7.1 × 10−2  6.1 × 10−2  
e 3.5 × 10−3  0.000 3.5 × 10−3  1.2 × 10−2  1.9 × 10−2  
f 3.4 × 10−2  3.0 × 10−2  4.4 × 10−2  2.8 × 10−2  2.2 × 10−2  

a data taken from Table 2. 

In fact, according to Beeckman et al. who adopted a stochastic approach to describe deactivation by 
coking under different mechanisms [34], MET functionality is affected to the maximum extent by the 
fouling of active sites because of its high number of metal atoms required for each site (e.g., formal 
site molecularity) in comparison to GAS and WGS ones [11,15,17,19,40,41]. 

Therefore, in agreement with literature data, kinetic and thermodynamic findings confirm that 
surface carbon (i.e., Cα) hydrogenation is the crucial step controlling activity, selectivity, and stability 
against coking in the pre-reforming process. Activity decay is more pronounced at low conversion, 
mostly under the occurrence of GAS and WGS reactions, as CO formation-decomposition is mainly 
responsible for carbon build-up via an adsorbed Cα intermediate [19,35].  

Figure 9. Relationships between kMET (), kGAS (), kWGS () and kdeact (see Table 4) 
(adapted from ref. [15] with the kind permission of Wiley, copyright 2006). 

 

However, with addition of high concentrations of H2, similar values of kdeact and kMET (Table 4), and 
a much steeper decay of gasification (kGAS/kdeact ≈ 3.5) and WGS (kWGS/kdeact ≈ 5) functionalities 
[11,17,19] evidence that different reaction and deactivation paths are favored. 
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3. Experimental Section  

3.1. Catalyst Preparation 

The 19.1 wt% Ni/MgO catalyst was prepared by incipient wetness impregnation of “smoke” MgO 
powder (UBE Ltd., Yamaguchi, Japan SABET, 30 m2·g−1) with an ethanolic solution of the Ni(NO3)2  
salt [28–31]. The catalyst was dried at 80 °C, calcined at 400 °C (16 h) and pre-reduced for 6 h at 650 °C 
under H2 flow. 

3.2. Catalyst Testing 

Catalytic tests in the pre-reforming of n-hexane were performed at 450 °C and a pressure of 5–15 
bar, using an isothermal “fixed bed” stainless steel microreactor (i.d., 6 mm), loaded with 25 mg of 
catalyst (40–70 mesh), diluted with same-sized SiC in a 1/30 weight ratio [11,15]. Before tests, the 
catalyst was heated at 450 °C and further reduced in situ for 1 h in H2 flow (100 STP mL min−1; P, 1 bar). 
The reaction mixture including n-C6H14 (1.8%), N2 (8.0%), H2O (16.2–37.8%) and He (rest) for a variation 
of the S/C ratio between 1.5 and 3.5 respectively, was fed at the rate of 283 (GHSV, 12,000 h−1) or 566 
(GHSV, 24,000 h−1) STP mL min−1. The effects of H2 (11.0%; H2/C, 1.0) and thiophene (50 ppm in  
n-hexane) were probed at the highest GHSV and a S/C ratio of 2.8. Both water and n-hexane were fed 
as liquid by HPLC pumps. The reaction temperature was controlled by a thermocouple in contact with 
the catalytic bed, while the reactor stream was analyzed by a GC equipped with a three-columns 
analytical system connected to both TCD and FID detectors for permanent gases and hydrocarbons 
analyses, respectively [11,15]. 

3.3. Catalyst Characterization 

TEM analyses were performed using a PHILIPS CM12 Transmission Electron Microscope (point-
to-point resolution, 0.3 nm) on “fresh” and “spent” catalyst samples, dispersed ultrasonically in ethanol 
and deposited over a thin carbon film supported on a standard copper grid. The Ni particle size 
distribution (PSD) was obtained from an average of 150–200 particles, and the average volume-area 
particle size calculated by the conventional statistical formula [29–31]: 

 
(1) 

The H2 uptake of “fresh” and “used” catalyst was evaluated by TPD measurements in the range 
−80–620 °C using Ar as carrier gas (30 stp cm3⋅min−1) after in situ reduction of the samples in H2 flow 
at 450 °C for 1 h and subsequent saturation at r.t. (room temperature) and further at −80 °C. The 
fraction of reduced Ni was evaluated by titration at 450 °C with O2 pulses (Ni + ½ O2  NiO) after 
TPD analysis [31]. 

TGA-DSC measurements of the “used” catalyst samples (5 mg) in the range of 20–400 °C were 
performed using a Simultaneous Thermal Analyser (STA 409C, Netzsch), operating in air with a 
heating rate of 10 °C/min and an accuracy of 0.01 mg.  
  

 

∑
∑

=

i

2
ii

i

3
ii

AV dn

dn
d



Catalysts 2014, 4 211 
 

 

4. Conclusions  

This review summarizes highlights of previous studies (mainly in our laboratory) of reaction and 
deactivation paths on a “model” Ni/MgO catalyst in the pre-reforming of n-C6H14 with steam at  
450 °C. A kinetic and thermodynamic analysis of the data from these studies provides (1) new 
deactivation rate parameters for carbon deposition and coke formation and (2) insights into the surface 
reaction network of the pre-reforming process, including hexane cracking, water-gas-shift, and 
methanation reactions. 

Important conclusions from this work can be summarized as follows: 

• Deactivation of Ni/MgO by carbon deposition and coking follows a pseudo 1st-order 
dependence on active site concentration, consistent with an exponential decay with t.o.s. That 
deactivation by coke and carbon formation is not simple first order in site concentration, is 
evident from observed decreases in deactivation rate constants with increasing S/C ratio, P, and 
contact time. 

• Comparison of thermodynamic predictions with experimental values of outlet stream 
composition leads to the conclusion that the kinetics of hexane cracking/reforming, carbon 
gasification and methanation reactions control the rate of coking; methanation is the critical, 
rate limiting step responsible for coke deposition in the near absence of H2. Carbon formation 
via the Boudouard reaction is apparently thermodynamically and kinetically favored.  

• Under simulated industrial pre-reforming conditions at a high H2 concentration, hydrogen 
substantially increases reaction throughput by speeding up hydrogenolysis, CO formation via 
the water-gas-shift, and methanation reactions. H2 at high concentrations gasifies coke and 
carbon precursors, thereby largely preventing formation of coke and inactive carbons. 

• S-poisoning by thiophene co-feeding causes a sharp drop in catalytic activity due to irreversible 
poisoning; however, strong pore diffusional resistances in catalyst pellets and bed prevent an 
accurate analysis of the poisoning mechanism and kinetics. 
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